Abstract: This paper presents a study on decentralized control structures that can be proposed to control a CO 2 compression, capture, and purification process for fossil fuel power plants based on oxyfuel combustion. A dynamic model that describes the transient behavior of this process is currently not available. Thus, the present work applied the Relative Gain Array (RGA) analysis to identify the most promising control strategies for this process. The process gains were estimated using a steady-state process model developed in Aspen Plus and validated with data obtained from the CanmetENERGY. The RGA analysis performed for the base case operation of this process was compared to an uncertain RGA analysis that takes into account the uncertainty on the process gains for control structure selection. The result obtained with the uncertain RGA demonstrates that the controller pairings suggested by nominal RGA can lead to control configurations with loops that may become unstable.
INTRODUCTION
Recently, there is a growing interest in the capture and sequestration of CO 2 as a feasible method for reducing greenhouse gas (GHG) emissions and the impact of global warming. The key idea is to separate CO 2 from the combustion flue gas to produce a concentrated CO 2 stream at high pressure that can be transported and stored in deep geological formations such as saline formations or depleted oil and gas reservoirs. Oxy-fuel combustion is one of the technology pathways for clean electricity generation that enables CO 2 capture without much difficulty. In this process, almost pure oxygen is used in the combustion process to produce a flue gas with a high CO 2 content that can be easily separated from the flue gas using a multi-stage compression and cooling process.
Although CO 2 capture technologies have been widely studied for post-combustion, the capture and purification of CO 2 for sequestration in the case of oxy-fuel combustion have received relatively little attention. The CO 2 compression, capture and purification process is essential for sequestration because the temperature, pressure and purity of the CO 2 product stream must comply with the transportation and storage site requirements. In addition, the capital and operating (mostly energy) costs of this process are significant. Approximately 25% of the total capital requirements are caused by the compression process (Romeo et al, 2009) . A few studies of CO 2 capture, purification and compression processes have been reported in the literature. Zanganeh et al. (2009) proposed a pilot-scale CO 2 capture and compression unit for oxy-fuel combustion. Steady-state simulations were performed using two different CO 2 concentrations in the flue gas feed stream. The CO 2 product purity and recovery rate were used to evaluate the process performance. Pipitone and Bolland (2009) studied two techniques for CO 2 purification using oxy-fuel combustion flue gas, i.e. flash separation and distillation. The flash separation combined with compression showed an acceptable CO 2 product purity and recovery rate at low impurities content in flue gas. The distillation technique was also able to treat a flue gas stream with higher impurities and resulted in a high CO 2 content in the product stream. Results from this study showed that the distillation technique consumed more energy and required more cooling utilities than the flash separation. The integration of an inter-stage cooling compression in a CO 2 capture system was also studied by Romeo et al. (2009) . In that study, steady-state simulations were used to evaluate different inter-stage cooling configurations. The proposed CO 2 inter-stage cooling compression process was obtained from a cost function optimization which considered the capital and operating costs of the plant.
Because the compression and separation processes determines CO 2 product quality, energy consumption and the capital cost on the CO 2 capture process, it is necessary to ensure that this process can be operated at near optimal conditions while meeting the product quality requirements. An important aspect to achieve this goal is to develop a controllability analysis on these power plant processes. However, such studies are not currently available in the open literature. The novelty of this work is to provide potential multi-loop control structure configuration for CO 2 capture, purification and compression processes of an oxy-fuel power plant. Since dynamic models are not available for these processes, Relative Gain Array analysis (RGA) was used here to determine the most promising control configurations for these processes. The data used in this work are based on a study performed by the International Energy Agency Greenhouse Gas (IEAGHG) R&D programme (Dillion et al, 2005) . This data was also used for a comparative study of several processes by CanmetENERGY (Zanganeh et al, 2006) .
The RGA analysis (Bristol, 1966) was used on this research work to design a decentralized control structure for this process.
Step tests were carried out to obtain the process gains. A nominal RGA analysis was performed first to select the most suitable control structure around the base case operating point for this process. Moreover, the effect of process nonlinearities on the control structure selection was also studied using the uncertain RGA analysis approach proposed by Chen and Seborg (2002) . The control configurations obtained in this study will be used as a first step towards the design of an optimal control structure for this process.
CO 2 COMPRESSION, CAPTURE AND PURIFICATION PROCESS

Process description and model validation
The CO 2 compression, capture and purification process for oxy-fuel combustion is illustrated in Fig.1 . The process aims to produce a concentrated CO 2 product stream ready for transportation and sequestration. The flue gas from oxy-fuel combustion with high CO 2 content (stream 1) is sent to a compressor (K01) which is used to increase the pressure of the flue gas. The compressed gas is passed through a set of coolers, C01, to recover high grade heat and to reduce the flue gas temperature. The condensates contained in the flue gas stream are removed in an inter-stage separator, D01. The flue gas is then passed through a second cooler, C02 that lower the gas temperature to 20°C before it is sent to a second compressor, K02. The resulting compressed gas stream from K02 is passed through another cooler (C03) that decreases further the flue gas temperature. Residual water is removed from the flue gas stream in a bed dryer, D02. The compressed flue gas free of condensates (stream 8) flows through a multistream heat exchanger (E01). After cooling in E01, stream 8 becomes a two-phase flow (stream 9) that is separated in a flash drum, D03. The liquid stream rich in CO 2 (stream 23) coming out from D03 is passed through a throttle valve and fed back as a coolant to E01 (streams 24) while the vapour stream (stream 10), which contains impurities and the remaining CO 2 , is sent to a second multi-stream heat exchanger, E02, for further CO 2 condensation. The CO 2 separation occurs in a flash drum, D04, similar to D03. The gas stream poor in CO 2 (stream 12) coming from D04 is used as a coolant in both heat exchangers, i.e., E01 and E02. The vent gas stream coming out of E01 (stream 14) is passed through a heater, H01, which increases the gas temperature. An expander, K03, is used to recover energy from the vent gas stream before it is vented to the atmosphere as stream 16. The purified liquid CO 2 stream from D04 (stream 17) is throttled again and also used as a coolant in the heat exchangers E01 and E02 resulting in a vapour phase stream (stream 21). Since streams 21 and 25 are in vapour phase, these streams are compressed in K04 and K05 to produce the purified pressurized CO 2 in stream 27. The cooler, C04, located after K04, is used to reduce the temperature of the gas sent to K05 while a cooler, C05, is used to decrease the temperature of the CO 2 product stream down to 43°C that makes it suitable for transport and sequestration. This purification process achieves 95% purity of CO 2 product which satisfies the requirement of basic design for sequestration (Pipitone and Bolland, 2009 ). The CO 2 recovery which is the ratio between the amount of CO 2 in the flue gas feed and the amount of captured CO 2 in the product stream is approximately 91%.
A steady-state model of the CO 2 compression, capture and purification process shown in Fig. 1 was developed in Aspen Plus version 2006.5. The data used to validate the process model come from a collaborative research project under IEAGHG (Dillion et al, 2005) . To validate the model, the compressor efficiency and the outlet temperatures of multistream heat exchangers were adjusted to fit the model to the data. A comparison between the data and the process model for the CO 2 product stream is shown in Table 1 . As shown on this Table, there is a good agreement between the proposed process model and the data from the IEGHG report. 
Manipulated and Controlled variable selection
This section describes the selection of the manipulated and controlled variables for this process. To ensure that the CO 2 product requirements for transportation and sequestration were met, the flow rate and the CO 2 composition at the product stream were considered as controlled variables. These variables can also be used to estimate the amount of CO 2 recovered for this process which is a metric used in this work to measure the process performance. On the other hand, the operating conditions in the flash drums, D03 and D04, have a direct effect on the amount of CO 2 recovered. These process units operate at the conditions specified by streams 9 and 11, which are determined by the operation of the multi-streams heat exchangers, E01 and E02, respectively. Thus, the operating conditions in E01 and E02 determine the quality of the separation in the flash drums, D03 and D04. Hence, the process variables which are related to the operation of the multi-stream heat exchangers can also be considered as potential controlled variables for this process.
A sensitivity analysis was performed on the process variables related to the operation of D03, D04, E01 and E02 to analyze their effect on the flow rate and CO 2 purity of the product stream. The degrees of freedom analysis in E01 and E02 requires the specification of three of the four outlet stream temperatures. Thus, three outlet temperatures need to be fixed to their nominal values and the model calculates the temperature of the remaining outlet stream for these units. Tests using different temperature outlet streams as fixed variables in the simulation were performed. The test showed that stream 9 and 20's outlet temperatures should be set as the variables that need to be calculated by the model since they have a direct effect on the CO 2 product purity and recovery rate (see Fig. 2a and 2b) . Thus, they can also be potentially considered as controlled variables for this system. Fig. 2a and 2c showed that the temperature and pressure of stream 9 play a major role on the separation performance since the first CO 2 separation occurs at the temperature and pressure specified by this stream. Also, the separation obtained in the second flash drum (D04) is directly affected by the pressure and temperature of stream 11. Varying stream 11's pressure affects the CO 2 product purity and flow rate as shown in Fig.  2d . Hence, the CO 2 purity, product flow rate, temperature of stream 9, temperature of stream 20 and pressure of stream 11 were defined as potential controlled variables in this work. The results presented in Fig. 2 also show the degree of nonlinearity in this process.
Fig. 2. Sensitivity analysis of controlled variables
The procedure used in the selection of the controlled variables was also followed to identify the manipulated variables for this process. That is, a sensitivity analysis was performed to select process variables that can be adjusted and have a direct effect on the controlled variables. As illustrated in Fig. 3 , the sensitivity results indicate that the following variables can be potentially used as manipulated variables to control this process: discharge pressure (P discharge ) in K02, outlet temperature (T outlet ) in C03, pressure drop (∆P) across valve 1 (V1) and pressure drop across (∆P) valve 2 (V2). Although other process variables could have been selected as manipulated variables e.g. K04, K05, C04, C05, extensive simulations of the steady-state model showed that those variables did not seem to have a significant effect on the controlled variables.
Fig. 3. Sensitivity analyses of manipulated variables
Changing the discharge pressure in K02 causes a change in the pressure of stream 9 which is a potential controlled variable for this process. The discharge pressure of a compressor is a direct function of the speed of the compressor which can be easily adjusted. Thus, adjusting the speed of the compressor modifies the discharge pressure of the compressor (Singh and Hovd, 2007) . However, the manipulation of the compressor speed is not available in Aspen Plus. Therefore the discharge pressure was considered to be a manipulated variable for this system. The outlet temperature of C03 also affects the temperature of stream 9. The temperature in C03 was assumed to be manipulated by changing the amount of cooling water in this cooler. Table 2 were used to select the most promising control structures using the RGA analysis. Since there are an asymmetrical number of manipulated and controlled variables, several RGA analyses were performed using different combinations among these variables. For brevity, only the most promising control configurations are presented in this work. According to Table  2 , C1 and C2 need to be considered in the analysis to satisfy the transportation and sequestration requirements and to measure the performance of the plant, i.e. CO 2 recovery. Therefore, three scenarios, each considering C1 and C2 and either C3, C4 or C5, as the third and fourth controlled variable, were analyzed here. The open-loop gain matrix for each scenario was obtained from steady-state simulations.
Step changes on each of the manipulated variables were used to calculate the gains of the controlled variables. The step changes were implemented such that only one manipulated variable was changed at a time while keeping the rest of the manipulated variables at their base case values. The step changes performed on each manipulated variable were ±5% and ±10% with respect to its base case value. Hence, a total of four gains for each controlled variable were obtained for each The RGA matrix is calculated as follows (Bristol, 1966) :
where Λ is the RGA matrix, K is the open-loop gain matrix and  denotes the element by element multiplication.
The RGA matrix for Scenario 1 is shown in (3). According to the rules of pairing for RGA, i.e. select relative gain elements (λ ij ) between the controlled variable i and the manipulated variable j that are positive and close to the one, the suggested pairings for this scenario are C1-M3, C2-M1, C3-M2 and C4-M4. The RGA matrices identified for Scenario 2 and 3 were obtained using a similar procedure as in Scenario 1 and are shown in (4) and (5) 
A pairing between the controlled and manipulated variables cannot be selected in scenario 2 while scenario 3 recommends pairings between C1-M3, C2-M2, C4-M4 and C5-M1, respectively. Therefore, scenario 2 is not a good control structure candidate for this process. On the other hand, a large value of λ 13 and λ 32 obtained from Scenario 1 shows that there are large interactions in the control loops C1-M3 and C3-M2, respectively. This is because the temperature in stream 9 (C3) determines the quality of the separation in the flash drum (D03) that have a direct impact on the CO 2 purity (C1) in the product stream (stream 28 in Fig. 1 ). This result also agrees with Fig. 2a where it shows a strong interaction between stream 9's temperature and CO 2 purity. However, scenario 3 shows a higher degree of interaction between the pairings C1-M3 and C2-M2 than that obtained for Scenario 1. This is because M2 and M3 have a direct effect on stream 9's pressure and temperature. Thus, these variables also have a direct effect on the quality of the separation that occurs in D03. Furthermore, scenario 2 and 3 showed that the only manipulated variable affecting C5 was the discharge pressure (K02). As described above, the RGA analysis indicates that scenario 1 is the most suitable control configuration for this process.
UNCERTAIN RGA ANALYSIS
The RGA analysis developed on the previous section used averaged process gains to calculate the degree of interactions between the control loops. Due to process nonlinearities, the process gains calculated for each step change in the manipulated variables are different. Thus, there is no guarantee that the recommended control structure obtained in the previous section will be valid in the face of uncertainties in the gains of the controlled variables. In this section, the Preprints of the 18th IFAC World Congress Milano (Italy) August 28 -September 2, 2011 effect of uncertainties in the process gains is considered in the selection of a decentralized control configuration for this process. In the present work, the uncertainty on each of the process gains is described as follows:
where ij K is the averaged process gain of controlled variable i and manipulated variable j obtained from the step test (Scenario 1). The term ij ΔK represents the uncertainty associated with the gain and is defined as follows:
where α represents the deviation in the process gain with respect to the nominal (averaged) process gain value. This term is calculated as follows:
where K ij,min and K ij,max are the minimum and maximum process gains observed from the step tests simulations. Equation (9) shows the uncertain open-loop process gain matrix for Scenario. 
As shown in (9), the degree of nonlinearity in the process given in terms of α is significant for certain process gains, e.g., K 12 and K 22 . Thus, it is expected that the uncertainty in the process gains will affect the selection of the manipulatedcontrolled variable pairing for control.
Although a formal uncertain RGA analysis that considers all the possible combinations between the uncertainties in the process gains can be developed, it is expected that an overly conservative result may be obtained from that analysis, i.e. most of the elements in the RGA matrix will be bounded by upper and lower limits that will involve a change of sign. To reduce the conservatism in the analysis, three cases of uncertain RGA analyses were studied using the minimum, the average and the maximum α values shown in (9). That is, it was assumed that all the elements in the gain matrix were equal to the minimum, the average and maximum α values, respectively. The uncertain RGA results for each case study are shown in (10)-(12). The control structure obtained at minimum α was the same obtained when using the nominal process gain values. This is because the uncertainty in process gains for this case is relatively small.
On the other hand, the effect of uncertainty in the process gains on the control structure selection becomes significant when the values of α are increased to their average and maximum values. Setting α to its average value causes a change in the signs between the lower and upper bounds on all the elements related to M2 and M3. Thus, this manipulated variable cannot be used for control because a negative value in the relative gain elements may cause close-loop instability. Thus, the recommended pairing C1-M3 and C3-M2 identified with the nominal RGA matrix for Scenario 1 as shown in (3) may not be suitable in the face of uncertainties in the process gains.
Case 1: Minimum alpha value ( α min = 0.003) The results from (11) and (12) also show that no other manipulated variable can be used to control C1 (CO 2 product purity), which is one of the key variables used to measure the performance of this plant. Therefore, a sensitivity analysis on the uncertain parameter α was performed to identify the maximum allowed uncertainty in the process gain parameters that produces a feasible decentralized control structure according to the pairing rules provided by Chen and Seborg (2002) . Table 3 shows the sensitivity results in terms of a single RGA element (λ 13 ) which was found to be the most promising element to control C1. As shown in Table 3 , the maximum deviation in the process gain that returns a feasible RGA-based decentralized control structure strategy for this process is 0.055. Values of α above 0.055 causes a change of sign on this element in the RGA matrix and thus produces a control structure with unstable control loops. The uncertain RGA analysis shown in (10) to (12) also indicates that the uncertainty in the gains does not have a serious effect on λ 21 , and λ 44 . Therefore, the controller pairing C2-M1 and C4-M4 is recommended to implement in this process since they are not significantly affected by the process nonlinearities. The magnitude of the step change used to estimate the uncertainty in the process gains was also analyzed in this work. To determine the effect of the magnitude of the step change on α, step changes of ±2.5%, ±5%, ±7.5% and ±10% were tested using the steady-state process model developed for this process. The α's were calculated following the procedure described above. The minimum, maximum and averaged α of each step test are shown in Table 4 . The results show that the range of α is larger when the step change value is increased. Thus, using a larger step change for a nominal RGA analysis without considering the uncertainty in the process gains may lead to a decentralized control structure that may become unstable. Therefore, the magnitude of the step change should be carefully selected and the effect of uncertainty should be taken into account to avoid the selection of control systems that can potentially become unstable.
CONCLUSIONS
The systematic selection of a decentralized control structure for the CO 2 compression, capture and purification process has been presented. A steady-state process model implemented in Aspen Plus was used in this work to develop an RGA analysis for this process. The process model was validated using data from a recent IEAGHG report. Average values of the process gains due to changes in the selected manipulated variables were initially used to identify a nominal control structure for this process. The effect of uncertainty on the process gains was also considered on this work. The results showed that large interactions and unstable control configurations may be obtained when uncertainty in the process gain is considered in the RGA analysis. Thus, the process nonlinearities represented as uncertainty in the process gains have a significant effect on the control structure selection. However, the current analysis was based only on a steady-state process model. Thus, the control structures proposed in this work should be validated when a dynamic model for this process becomes available. Current work on this area from the authors is focused on the development of a dynamic model for the CO 2 compression, capture and purification process which will be reported elsewhere.
